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Inorganic membrane reactors combine reaction and separation operations in a single
unit. Preferential permeation of a product species through the membrane enhances equi-
librium-limited reactions beyond the thermodynamic limit. Proper catalyst formulation
and spatial distribution also enhance membrane reactor performance. To minimize re-
actant loss due to high gas permeation, the thickness of the y-alumina layer in a com-
posite alumina membrane (Membralox) was increased to 17 um by slip-casting with
alumina sol. Among the catalysts investigated, a formulation of 1.10 wt. % Pt and 1.36
wt. % Sn supported on vy-alumina pellets yielded the highest activity, selectivity, and
stability for the dehydrogenation of ethane to ethylene. Using this catalyst composition,
various nonuniform platinum distributions within the pellets were prepared by solution
impregnation, while maintaining a uniform distribution of Sn. The effect of nonuniform
catalyst distribution on dehydrogenation of ethane in a packed-bed membrane reactor
(PBMR) under well-mixed, isothermal conditions was evaluated both experimentally
and theoretically. Reactor performance is maximized when the catalyst is concentrated
near the surface of the support. Supraequilibrium conuversions, about 80% beyond equi-
librium values, were obtained with the narrow surface-step catalyst pellets. Experimental
results agree well with theoretical predictions, obtained without the use of any adjustable
parameters. The effect of membrane thickness on reactor performance was also investi-
gated, by comparing the 17- pm alumina membrane with a 1.2-mm-thick porous Vycor
glass, using pellets with the narrow surface-step distribution. For the experimental condi-
tions employed, relatively low permeation through the porous Vycor resulted in conver-
sions near fixed-bed reactor values.

Introduction

Recent developments in the synthesis of inorganic mem-
branes have led to high-temperature membrane reactor ap-
plications. Membrane reactors offer the advantage over
conventional fixed-bed reactors (FBR) of combining separa-
tion and chemical reaction into a single unit. The membrane
provides a medium for separation of product(s) formed within
the pellets of a packed-bed membrane reactor (PBMR) or
within the membrane of a catalytic membrane reactor (CMR).
Significant improvements, above thermodynamic equilibrium
values, can be achieved by selective removal of product(s)
generated by equilibrium-limited reactions. Catalytic dehy-
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drogenations are an example of this type, where product
hydrogen is removed selectively. Improvements in product se-
lectivity can also be realized by the preferential removal of
reaction component(s) that have the potential to react fur-
ther to form undesired product(s), as in the case of parallel-
consecutive reactions (Bernstein and Lund, 1993). In other
situations, improvements in reactor performance arise as a
consequence of controlled reactant addition through the
membrane. Examples include controlled addition of oxygen
through the membrane in partial oxidation reactions of hy-
drocarbons (Santos et al., 1995; Tonkovich et al., 1996).
Several articles, which review experimental and theoretical
studies of catalytic membrane reactors, are available in the
literature (c.f. Hsieh, 1991; Tsotsis et al., 1993; Saracco and
Speccia, 1994; Zaman and Chakma, 1994).
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In a combined experimental and theoretical study, Cham-
pagnie et al. (1992) studied the dehydrogenation of ethane,
using a CMR configuration with a 5 wt. % platinum impreg-
nated within the mesoporous layer of a cylindrical composite
alumina membrane. This plug flow CMR was shown to ex-
ceed thermodynamic equilibrium values by the selective re-
moval of hydrogen. Zaspalis et al. (1991) used a y-alumina
membrane in a PBMR configuration for the dehydrogenation
of butane. Using a 6.2 wt. % Pt supported on SiO, as the
catalyst resulted in the enhancement of conversion and selec-
tivity by a factor of 1.5 and 1.6, respectively, as compared to a
conventional fixed-bed reactor. Ziaka et al. (1993) investi-
gated dehydrogenation of propane, with 5 wt. % Pt/y-Al,O,
catalyst packed within the tube side of a Membralox compos-
ite y-alumina membrane (thickness ~ 1-5 pm). This high-flux
membrane resulted in propylene conversions 1.8 times higher
than the corresponding equilibrium values. Porous Vycor
(membrane thickness ~ 1.2 mm), which yields significantly
lower flux values than the composite alumina, was studied for
the dehydrogenation of cyclohexane to benzene in a well
-mixed CMR (Sun and Khang, 1988). The platinum impreg-
nated membrane exhibited considerable improvement in
conversion, from 61% to 90%. However, to achieve this
result, space times of 10 to 30 s (ca. 3.84 to 1.27 sccm inlet
feed flow rates) were used, thus resulting in relatively small
throughputs.

The performance of porous membrane reactors, which en-
hance reactor performance as a result of their ability to pref-
erentially separate reaction product(s), is strongly dependent
on the pore size, porosity, and thickness of the membrane.
Recent advances in techniques such as slip casting and dip
coating allow for precise control of the pore size and mem-
brane thickness to achieve optimal permeation rates (Ward
and Ko, 1995; Yeung et al,, 1997). The effect of membrane
thickness on reactor performance was evaluated theoreti-
cally, and it was shown that there exists an optimum mem-
brane thickness that depends on the relative rates of
permeation and reaction (Ito et al., 1985; Mohan and Govind,
1988).

While improvements in membrane design are possible, de-
hydrogenation reactions are frequently limited by catalyst ac-
tivity rather than by the rate of hydrogen removal through
the membrane (Raich and Foley, 1995). As a result, improved
catalysts are desired. With supported metal catalysts for reac-
tions involving paraffins, there are several metal catalyzed
(e.g., dehydrogenation, isomerization, cyclization, aromatiza-
tion, hydrogenolysis, and coking) and acid catalyzed (e.g.,
isomerization, cyclization, aromatization, hydrocracking, and
coking) reactions possible (Beltramini and Trimm, 1987).
Typically, dehydrogenation catalysts consist of Group VIII
metals (mainly platinum) supported on oxide supports such
as alumina or silica. In order to improve dehydrogenation
selectivity, activity, and stability, promoters from Group VIII,
V1, IB, or their combinations are often used (Sinfelt, 1983;
Cavani and Trifiro, 1994). For dehydrogenation of a light
paraffin such as ethane, using Pt without the addition of pro-
moters results in relatively high hydrogenolysis activity to form
methane. Tin is a commonly used promoter for light olefin
dehydrogenation, resulting in improved catalyst selectivity and
durability (Cavani and Trifiro, 1994; de Miguel et al., 1996).

Once the catalyst composition is established, further im-
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provements in catalyst performance can be realized by proper
spatial distribution of the active component within the sup-
port. The idea of distributing the catalyst nonuniformly in
pellets has been studied extensively. Some general results
have been obtained for the typical case where the catalyst
loading is not high, so that the catalyst surface area increases
linearly with loading. For this case, using the variational
method it was demonstrated that for catalyst performance in-
dexes such as effectiveness, selectivity, or yield, and for the
most general case of an arbitrary number of reactions, with
arbitrary kinetics, occurring in a nonisothermal pellet, with
finite external mass and heat-transfer resistances, the optimal
distribution is a step function. For higher loadings, where the
catalyst surface area increases nonlinearly with loading, the
optimal catalyst distribution in general must be determined
numerically (Baratti et al., 1993). The area of optimal distri-
bution of catalyst in pellets, including both theoretical and
experimental developments, has been reviewed recently by
Gavriilidis et al. (1993).

The concept of nonuniform catalyst distribution within the
pellets of a PBMR, well-mixed on both the feed and perme-
ate sides, has also been demonstrated recently. It has been
shown theoretically that for many cases of practical interest,
optimal PBMR performance can be achieved by distributing
the catalyst as a step function within the pellets (Yeung et al.,
1994). Experimentally, Cannon and Hacskaylo (1992) studied
cyclohexane dehydrogenation in inert and active porous Vy-
cor glass tubes packed with Pd/Al,O; catalyst granules. Su-
perior reactor performance was achieved for the case where
Pd was deposited on both the inner and outer surfaces of the
tube. More recently, Yeung et al. (1996) have shown im-
proved performance of Pd-composite membrane reactors for
ethane dehydrogenation using a nonuniform distribution
(narrow surface-step) of Pt-Sn/y-alumina catalyst.

In the preceding exampies involving membrane reactors,
the enhancement in reactor performance was obtained as a
result of preferential product separation through the porous
membrane. However, further improvement in reactor per-
formance can be achieved by proper catalyst selection, opti-
mal spatial distribution of the active component within the
support, and by choosing a suitable membrane thickness to
reduce reactant losses. In this article, we address these issues
for the dehydrogenation of ethane in a well-mixed PBMR.
First, we systematically investigate several Pt-Sn/y-alumina
mixtures, to determine the catalyst composition that yields
the best performance. Next, the effect of varying catalyst ac-
tivity distribution within the porous pellets on a PBMR
performance is demonstrated quantitatively, using both
experiments and model, with a sol-gel slip-cast-modified
composite alumina membrane. Finally, the effect of mem-
brane thickness on reactor performance is also examined.

Theoretical Model

As noted earlier, the optimal distribution of catalyst within
the pellets of a well-mixed PBMR is a step function. To
demonstrate the effect of nonuniform catalyst distribution, a
model was developed and tested numerically using dehydro-
genation of ethane as an example. The well-mixed PBMR
(obtained using high recycle ratio) is shown in Figure 1, where
the reaction mixture is introduced on the tube side of the
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membrane packed with catalyst pellets. On the permeate side, On the permeate side, we have
an inert sweep gas is introduced to remove the components
that permeate-through the inert merr'lbrane. . o 27LD,, dp,,;
The model is based on the following assumptions. Oferm ¥’ ~ Qoerm Vi — =7 |5 =0. 3)
o Isothermal and steady-state conditions G Tm 1rm= Rpeem

e Well-mixed conditions on both the tube and permeate
sides

e Negligible mass-transfer resistance between the bulk gas
and external surface of both the membrane and the pellets

e Negligible pressure drop on both the tube and permeate
sides

e Constant feed molar flow rates and compositions

* Constant effective diffusivities in both the membrane and
the pellets

e Negligible axial and radial dispersion on both the tube
and permeate sides.

In accordance with these assumptions, the model equa-
tions are developed for the dehydrogenation of ethane:

C,H, = C,H, +H,, n

where i refers to a reaction component (i.e., C,Hg, C,H,,
H,, and the inert Ar).

The mass balance on the tube side of the membrane is
given by

oubeXi — QuupeXi T+ ___ZWLDmi 7, B
tube*i tube RGT " drm T = Ryupe
+ Vil/catR"(ppi) = 0’ (2)

where v; is the stoichiometric coefficient, —1 for the reac-
tant (C,Hg), +1 for the products (C,H, and H,), and zero
for the inert Ar.
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In the inert membrane, the mass balance yields

ED:—} ’_1: —‘% [rm% =0; Riype S7m < Rper (4
along with the boundary conditions (BCs)

Prmi = XiPube @ 1= Ry (5a)

Pmi=YiPperm @ 1y =Rper. (5b)

The term R( Pp:) appearing in Eq. 2 represents the reac-
tion rate per unit solid volume, given by

Ppc,u,PpH,

~ 1
R(pp) = I—/;‘[VkaA[ppCZHG - K av,, (6)

eq

where S, is defined as the active surface area per unit cata-
lyst volume, given by

ap.C,
T 1+56C,°

S, Q)

where C, represents the catalyst loading (weight of active el-
ement/weight of catalyst pellet); a is the specific surface area
of active element (i.e., active element surface area/active ele-
ment weight); p, is pellet density; and b is a constant (cata-
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lyst peller weight/active element weight) that is responsible
for the deviation from linear behavior.

The preceding equations are coupled with the steady-state
mass balance for spherical catalyst pellets

D, 1d [rzdpp,]

RT r2 driZ |7 dr}

Y o ALY
iKap. 81+B;L(W) ppCZH(, Keq »
along with the BCs

dp,
0 @r,=0 (%)

p
ppi=xiPtube @ rszp' (gb)

Introducing the dimensionless quantities:

U = Pmi l,[/-— ppi W=r—p g=
' Ptube ' Ptube Rp 3
6= (Rperm)’ r_Pperm, M=§;i, B‘—'bée
Rtube Ptube 4
Qtube Qperm 0 germ
Blube = QT » Bperm =" > Bperm Y
tube tube tube
D,,; D,; K
Ui = ? Api = > eq H
DmC2H6 r DpC:Ho N Ptube
¢ _ RGTkapcé 6= 27TDmC2H6PtubeL
b i DpCZHf, RGTqube
_ 3DpC2H(,PtubeLV;:at (10)
RGTQ&be sz:v

Equations 2 to 9 can be reduced to dimensionless forms. Since
the membrane is inert, Eq. 4 along with the corresponding
BCs can be solved analytically, to give

an

u(s)=(y,P.—x)s+x; 0<s<l

Within the pellets, the mass balance takes the dimensionless

form
LA gz w0 L Yemdu
w? dw dw a,; 7 1+ Bu(w) C2Hs K, ’
(12)
along with the BCs
dy,
dw=0 @w=0 (13a)
g=x, @w=1 (13b)
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On the tube side, we have

o + ba,,; [ du, ay, 0
X; Bluhexi S ds 3=()_(Papi d_W w=l" ’ (14)

where the last term represents the flux at the pellet surface,
and arises from substituting the pellet Eq. 8 into Eq. 6 and
integrating by parts.

On the permeate side, we obtain

ba,,; [ du;
B;(;ermyio - Bperm Yi— —_m_[ } =0, (15)
s=1

5 |ds | _

while the definition of the activity distribution function, u(w)
leads to the constraint

1
flpu(w)wzdw=—. (16)
0 3

The solution of Eqs. 11-16, coupled with the congruence
conditions

3x;=1 and Z,y,=1, (7
provide the dimensionless molar flow rates By, and B,em,
the mole fractions x; and y;, and the concentration profiles
within the pellets ;.

Four step-type catalyst distributions with varying active
layer thicknesses and locations (preparation and characteri-
zation discussed in the Experimental section) as shown in
Figures 2a to 2d, were studied, and their characteristics are
summarized in Table 1. For the various distributions, u(w)
was determined using Eq. 16.

The pellet equations were solved using orthogonal collo-
cation on finite elements (Villadsen and Michelsen, 1978;
Finlayson, 1980), and the resulting nonlinear algebraic equa-
tions were solved numerically using the IMSL subroutine
DNEQNF (IMSL, 1989). Mass balance equations for the
inert regions were solved analytically, and coupled with
equations for the active layer through the BCs, assuming con-
tinuity of concentrations and flux.

Experimental Studies

Various experimental techniques and apparatus used in the
present work are described in this section. The composite
alumina membrane was prepared using a sequential slip-cast-
ing technique. For the catalyst pellets, solution and sequen-
tial impregnation techniques were used to prepare catalysts
with nonuniform activity distributions. The catalysts were
characterized using hydrogen chemisorption and energy dis-
persive X-ray spectroscopy. An automated experimental setup
used for both permeation and reaction studies was designed
and constructed.

Membrane preparation and characterization

A composite alumina membrane (Membralox, US Filter)
was modified by sequential slip casting of alumina sol. The
original Membralox tube (25.0-cm length, 0.7-cm I.D., and
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Figure 2. Pt-Sn/y-Al,O, pellets with different platinum
distributions.

(a) Narrow surface-step, 0.0159 M hexachloroplatinic acid
(15 min); (b) wide surface-step, 0.0121 M hexachloroplatinic
acid (15 h); (c) near surface-step, sequential impregnation of
0.020 M hexachloroplatinic acid (15 min), and 0.0825 M cit-
ric acid (15 min); and (d) deep subsurface-step, sequential
impregnation of 0.020 M hexachloroplatinic acid (30 min),
and 0.0825 M citric acid (45 min).

1.0-cm O.D.) consisted of multiple layers: a 2-um-thick -
alumina (5-nm pore size), 30 pm of intermediate aluminas
(0.2 pm pores), deposited on a ~ 1.5-mm macroporous (10
pm pores) a-alumina support. The y-alumina membrane
thickness was increased by slip casting the alumina sol layer
by layer.

The sol used for the slip casting was a commercially avail-
able solution containing suspension of 50-nm colloidal
boehmite particles (Dispal 23N4-20, Vista Chemical Com-
pany). The sol, which initially contained 20 wt. % alumina,
was diluted using deionized distilled water to 5 wt. %. To
minimize the formation of cracks and defects during the dry-
ing process, the diluted sol was modified by the addition of a
binder, 5 wt. % polyvinyl alcohol (PVA, MW = 85,000 to
146,000) (Yeung et al., 1997). Prior to slip-casting, the sol was
sonified for 10 min to minimize the agglomeration of parti-
cles in the suspension. The tube side of the Membralox mem-
brane was contacted with the PVA containing alumina sol for
a slip-cast time of 10 s.

Subsequent to slip casting, a careful drying procedure was
employed to further decrease the formation of cracks and
defects. The slip-cast boehmite film was dried for 12 h under
a humid (~ 60% relative humidity) stream of air that was
passed through the tube side of the membrane, while the
outer macroporous a-alumina portion of the support was
contacted with ambient air. This allowed the high-moisture-
containing deposited alumina layer to dry at a slower rate,
thus minimizing stress accumulation, which can lead to crack
formation (Uhlhorn et al., 1992; Yeung et al., 1997). Follow-
ing humid drying, the slip-cast membrane was dried in ambi-
ent air for 12 h.

The y-alumina was obtained by calcining the slip-cast
boehmite in 100 sccm stream of air following the procedure:
ramp to 200°C in 2 h, hold for 3 h, ramp to 600°C in 6 h, hold
for 12 h, and finally cool to room temperature. The slip-cast-
ing, drying, and calcining steps were repeated until the de-
sired permeation flux was obtained. The membrane thickness
was obtained from measurements of micrographs using a
scanning electron microscope (SEM, ISI 60).

The pore size and specific surface area of the deposited
layers were obtained by BET measurements, using the y-
alumina derived from the unsupported sol dried in a petri
dish, and calcined using the same conditions as described be-
fore. The BET measurements were obtained using an AU-
TOSORB-1 (Quantachrome Corporation) physisorption unit
where the analysis was based on the static volumetric method.
The carrier (He) and adsorbing (N,) gases were ultrahigh-
purity grade. Prior to analysis, the samples were outgassed at
300°C.

Catalyst preparation

Impregnation with Platinum. The platinum step-type dis-
tributions were obtained by solution and sequential impreg-
nation techniques using hexachloroplatinic acid and citric
acid. The aqueous solutions of acids were prepared by adding
dihydrogen hexachloroplatinate (IV) (Aldrich, A.C.S. grade)
and citric acid (Fisher Scientific, A.C.S. grade) to deionized
water. Prior to the impregnation steps, the y-Al,O; pellets
(Engelhard, AL-3438 T, 3-mm right-cylindrical pellets) were
calcined at 750°C for 3 h, then stored in air at 125°C. The
pore diameter and specific surface area of the pellets were
9.7 nm and 168 m?/g, respectively, as determined by BET
measurements.

The solution impregnation technique involved contacting
the y-Al,O; pellets (about 4 g) with hexachloroplatinic acid
(20 mL) for a given length of time. For the sequential im-
pregnation procedure, the pellets were contacted with
hexachloroplatinic acid (20 mL) and citric acid (20 mL), con-
secutively, for desired impregnation times. Additional details

Table 1. Characteristics of Nonuniform Catalyst Pellets

Active Layer Active Layer Pt Sn Pt Pt
Catalyst Center Width Loading Loading Dispersion Dispersion
Distribution (R./R,) (A/R)) (wt. %) (wt. %) (Pt/y-Al,O3) (Pt-Sn4-Al1,0;)
Narrow surface-step 0.95 ~0.10 111 1.36 64.7% 61.5%
Wide surface-step 0.875 ~0.25 1.17 1.43 57.8% 60.4%
Near surface-step 0.70 ~0.10 1.09 1.34 43.2% 42.2%
Deep subsurface-step 0.50 ~0.10 1.16 1.35 34.8% 35.7%
AIChE Journal August 1997 Vel. 43, No. 8 2063



Table 2. Heat-treatment Procedure for Pt and Pt-Sn Catalysts

Heat Treatment for Pt Catalyst

Heat Treatment for Pt-Sn Catalyst

Temp. Ramp or Gas Temp. Ramp or Gas
Ramp or Hold Hold Time Gas Flow Rate Ramp or Hold Hold Time Gas Flow Rate
Room to 120°C 5 min Ar 50 std. cm® Room to 120°C 30 min Ar/O, 100 std. em?®

120°C 2h Ar 50 std. cm® 120°C 4h Ar/O, 100 std. cm’
120°C to 550°C 2h 0, 50 std. cm® 120°C to 300°C 30 min 0O, 50 std. cm®

550°C 15 min Ar 50 std. cm® 300°C 2h 0, 50 std. cm®
550°C 6h H, 50 std. cm® 300°C to 550°C 30 min H, 50 std. cm?
550°C to room 3h Ar 50 std. cm® 550°C 2h H, 50 std. cm?®
550°C to room 3h Ar 50 std. cm?

about the impregnation techniques are given elsewhere
(Papageorgiou et al., 1996).

The catalyst pellets with the various nonuniform platinum
distributions are shown is Figures 2a to 2d. The platinum
loadings were determined by flame atomic absorption spec-
trometry (SpectrAA-20, Varian), using the hexachloroplatinic
acid solutions before and after impregnation. The narrow
surface-step (Figure 2a) and the wide surface-step (Figure 2b)
platinum distributions were obtained by impregnating the y-
Al,0; pellets for different times in solutions containing hex-
achloroplatinic acid only. The near surface-step (Figure 2c)
and deep subsurface-step (Figure 2d) platinum distributions
were obtained by sequential impregnation. The function of
the citric acid in these cases was to displace the PtCi;? an-
ions and push them deeper within the y-Al,O, support (Lee
and Aris, 1985; Papageorgiou et al., 1996). After impregna-
tion, the catalysts were dried in air at 75°C for 12 h, followed
by oxidation and reduction steps using the conditions shown
in Table 2.

Impregnation with Tin. After preparation of the Pt/y-
Al,O; catalyst as just described, tin was added by evapora-
tive impregnation of tributyltinacetate dissolved in a 20-mL
solution of n-pentane (Cortright and Dumesic, 1994). By
partially covering the beaker containing the catalyst and the
impregnation solution, complete evaporation time was main-
tained at ~ 5 h. After impregnation, the catalyst was kept at
ambient conditions for ~12 h, followed by calcining using
the procedure shown in Table 2 (Cortright and Dumesic,
1994).

Unlike Pt/y-Al,O, which turned from dark gray to black
(see Figures 2a to 2d) upon reduction in hydrogen, the sup-
ported tin remained undetectable to visual observation.
Hence the distribution of tin was determined qualitatively us-
ing energy-dispersive X-ray spectroscopy (EDXS) (Huang et
al,, 1996). A scanning electron microscope (ISI 60) along with
an EDXS system (Microtrace Silicon X-ray Spectrometer,
Moran Industries Inc.) equipped with a beryllium window and
a Si(Li) detector was used to scan the radial positions within
the pellets.

Chemisorption

The accessibility of platinum atoms, for both Pt and Pt-Sn
catalysts supported on y-Al,O,, was determined by dynamic
pulsed chemisorption of hydrogen (Freel, 1972; Sarkany and
Gonzalez, 1982). Prior to the chemisorption experiments, the
samples were reduced using ultrahigh-purity hydrogen (50 std.
cm?) for 2 h and then purged in a stream of ultrahigh-purity
argon (150 std. cm®) for 4 h at 300°C. The sample was cooled
to room temperature in 150 std. cm® flowing Ar before puls-
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ing pure hydrogen. The hydrogen pulse size was 50 uL and
the time between the pulses was 3 min. The experiments for
each sample were repeated several times, to ensure repro-
ducibility, which was within +5%.

Apparatus for reaction studies

The performance of a PBMR for the different catalyst dis-
tributions was evaluated for the dehydrogenation of ethane
to ethylene using the experimental setup depicted in Figure
3. The catalyst pellets were packed within the tube side of
the membrane, which was sealed to a stainless-steel casing by
wrapping graphite strings around the ends of the tube. The
reactant gas mixture (ethane, hydrogen, and argon) was in-
troduced into the tube side, while pure argon was fed on the
permeate side as sweep gas. The gas flow rates, on the feed
and permeate sides, were controlled using UFC 1100A (Unit
Instruments) mass-flow controllers. The feed-side pressure
was monitored and controlled using a BROOKS 5866 (Brooks
Instruments) pressure transducer and controller. Both sides
were maintained under well-mixed conditions by using di-
aphragm pumps with gas recycle ratios of ~ 170. The reac-
tion unit consisted of preheaters on both feed and permeate
sides, which were not only used to preheat the reaction gases
but also to promote the mixing of the recycle streams with
the fresh feeds on both sides. The gases were then delivered
to the furnace containing three zones, which allowed for uni-
form axial temperature distribution within the reactor. The
temperatures were controlled to within +2°C using a Lab-
view (Version 3.01, National Instruments) program contain-
ing five independent PID controllers.

The feed and permeate exit streams were analyzed using a
Hewlett-Packard 5890 Series II gas chromatograph equipped
with a TCD and FID connected in series. The sampling of
the feed and permeate streams was performed using an air-
actuated 10-way valve (Valco Instruments Co., Inc). A
100/120-mesh Hayesep D packed column [20 ft (6.1 m)] was
employed for the analysis of ethane, ethylene, and methane.
The peak integration was performed by the Labview pro-
gram.

The same apparatus was also used for membrane perme-
ation measurements. These measurements were made at
525°C, for varying tube-side pressures, in the absence of sweep
gas. The permeating gas flow rate was measured at ambient
conditions using a bubble flowmeter.

Reaction conditions

For the membrane reactor experiments, a total of 3.1 g
catalyst was used. The feed side was maintained at 0.6 psig,
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Figure 3. Experimental setup for the PBMR.

while the permeate side was kept at atmospheric pressure.
With the exception of the experiments where the effect of
reactant concentrations was studied, the fresh feed composi-
tion was maintained fixed at 10 mol % ethane (50% ethane/Ar
mixture), 5 mol % hydrogen (HP grade), and balance argon
(HP grade). The sweep ratio, defined as the ratio of the ini-
tial permeate and feed molar flow rates (Qp..,,/Qtipe) Was
maintained at unity for all experiments, except for those
where the effect of this ratio was studied. When the resi-
dence time (W, /O.,.) Was varied the temperature was kept
fixed at 525°C, while for varying reactor temperatures, the
residence time (W,,,/Q%:.) was maintained at 0.2X107° g
catal -s/mol (feed flow rate of 200 std. cm?).

For the catalyst selection and intrinsic kinetic experiments,
the membrane reactor (shown in Figure 3) was replaced by a
fixed-bed reactor (FBR) that consisted of a stainless-steel
(304-SS) tube packed with Pt-Sn/y-Al,O; catalysts. These ex-
periments were also carried out under well-mixed conditions,
with the catalyst packed within the stainless-steel tube in the
form of pellets (catalyst selection experiments) or powder (in-
trinsic kinetic studies). For the catalyst selection experiments,
the temperature and pressure were maintained at 550°C and
4 psig, respectively, and the feed composition was kept fixed
at 20% ethane, 5% hydrogen, and balance argon. For the
intrinsic kinetic studies, the pressure was kept at 0.6 psig while
the reaction temperature, ethane feed concentrations, and
residence times were varied.

From all reaction studies, the activation procedure in-
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volved heating the catalyst in a 10% H,/Ar mixture to the
reaction temperature at a rate of 1.5°C/min. At this tempera-
ture, the reaction mixture was introduced and was main-
tained for 2 h to ensure steady state before commencing
analysis. Reactor conversions were calculated based on the
total moles of ethylene produced and measured at the exit of
both the feed and permeate sides of the reactor, per mole of
ethane introduced into the fresh feed.

Results and Discussion
Membrane permeation

To minimize reactant loss, the effective permeation rates
were reduced by increasing the y-Al,O; membrane thick-
ness of the original Membralox tube, with the slip casting
of alumina sol. The micrographs of the original and slip-
cast-modified membranes are shown in Figures 4a and 4b, re-
spectively. Figure 4b depicts two distinct slip-cast ~ 7-um
v-Al,O; layers, deposited on top of the original ~ 2-um
membrane. These layers were found to be free of cracks and
defects, The BET measurements of the average pore diame-
ter and specific surface area of the deposited layers were 7.0
nm and 225 m?/g, respectively.

Figures 5a and 5b show the argon and hydrogen perme-
ation fluxes and separation factors corresponding to the orig-
inal (~2 pm thick) and slip-cast-modified (~ 17 um thick)
membranes. With the addition of the ~ 15-um y-Al,0, layer,
the argon permeation flux was reduced by nearly threefold.

2065



Figure 4. SEM micrograph: (a) original Membralox and
(b) slip-cast modified Membralox tubular
membrane.

(1) Intermediate alumina; (2) original y-alumina (Mem-
bralox); and (3) slip-cast y-alumina.

Also, Figure 5b indicates that the predominant diffusion
mechanism is in the Knudsen regime, and that the addition
of the slip-cast layers results in a slight improvement toward
the ideal Knudsen value of 4.47. Based on the permeation
measurements, the effective diffusivities of argon and hydro-
gen were 5.03%X 1072 and 2.31 X 10~2 cm?/, respectively. The
corresponding ideal Knudsen diffusivities for argon and hy-
drogen, based on the measured pore size and porosity, were
calculated to be 5.44 %1073 and 2.43X1072 cm?/s, respec-
tively.
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Figure 5. Hydrogen and argon (a) permeation rates, and
{(b) separation factor as a function of feed-side
pressure.

The original (~ 2-um y-alumina) and the slip-cast modified
(~17-pm y-alumina) Membralox membranes at 525°C.
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The permeation fluxes of argon and hydrogen were also
measured for a porous Vycor glass tube (25.0 cm in length,
with 0.76 and 1.0 cm inner and outer diameters, respectively)
with an average pore diameter of 4.6 nm. Unlike the compos-
ite alumina membrane where the actual membrane layer
thickness was only a few microns, however, the porous Vycor
had a much larger membrane thickness of ~1.2 mm. As a
result, the argon and hydrogen permeation values were mea-
sured to be ~ 170 times smaller than those for the slip-cast-
modified composite alumina ( ~ 17-um) membrane.

Catalyst selection

The Pt-Sn/y-Al,0O; catalyst was chosen for the dehydro-
genation of ethane to ethylene, where the competing reac-
tions are coking and hydrogenolysis to form methane. In
order to determine the best catalyst composition to yield the
highest ethane dehydrogenation activity and selectivity, with
the minimum amount of deactivation, platinum and tin in
varying amounts and ratios were examined.

Figures 6a to 6d depict the conversion and selectivity as a
function of time, where the effect of adding tin in 1:1 and 2:1
(Sn:Pt) atomic ratios to 0.63 wt. % Pt (Figures 6a and 6b) and
1.10 wt. % Pt (Figures 6c and 6d) catalyst, was investigated.
For both Pt loadings, the addition of tin significantly en-
hanced selectivity toward ethylene beyond 90%, as well as
markedly decreased the extent of catalyst deactivation (Liwu
et al., 1990; de Miguel et al., 1996). For the Pt/-Al,0, cata-
lysts, without the addition of tin, ethylene selectivities near
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Figure 6. Catalyst selection results from FBR experi-
ments with narrow surface-step platinum and
uniform tin distributions.

0.63 wt. % Pt, 0.63 wt. % Pt with 0.38 wt. % Sn (1:1 Sn:Pt
atomic ratio), and 0.65 wt. % Pt with 0.79 wt. % Sn (2:1
Sn:Pt atomic ratio). (a) Total conversion vs. time on stream,
and (b) selectivity vs. time on stream; also the FBR results
for catalysts containing 1.10 wt. % Pt, 1.10 wt. % Pt with
0.66 wt. % Sn (1:1 Sn:Pt atomic ratio), and 1.10 wt. % Pt
with 1.34 wt. % Sn (2:1 Sn:Pt atomic ratio): (c) conversion
vs. time on stream, and (d) selectivity vs. time on stream.
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(a) 0.63 wt. % Pt, 0.63 wt. % Pt with 0.38 wt. % Sn (1:1
Sn:Pt atomic ratio), and 0.65 wt. % Pt with 0.79 wt. % Sn
(2:1 Sn:Pt atomic ratio), and (b) 1.10 wt. % Pt, 1.10 wt. %
with 0.66 wt. % Sn (1:1 Sn:Pt atomic ratio), and 1.10 wt. %
Pt with 1.34 wt. % Sn (2:1 Sn:Pt atomic ratio).

20% and rapid deactivation due to coking were observed. For
these catalysts, the predominant reaction was the hydro-
genolysis of ethane to form methane (Sinfelt, 1984; Goddard
et al., 1989).

Figures 7a and 7b show a summary of the different catalyst
formulations after 6 h of operation. When comparing the two
figures, it can be seen that the catalyst containing 1.10 wt. %
Pt with 1.34 wt. % Sn, in a Sn:Pt atomic ratio of 2:1, resulted
in the highest yield of 15.0% with a selectivity of 90.3%. The
other bimetallic Pt/Sn catalysts also showed selectivities of
90% and higher; however, their dehydrogenation activities
were considerably lower. The v-Al,O; support
and the Sn/y-Al,O; catalyst were also tested for catalytic
activity, and were found to be inactive and slightly active
( ~ 2.5% conversion), respectively,

Catalyst distribution

Based on the results of the previous section, the catalyst
composition selected for further studies was 1.10 wt. % Pt
and 1.34 wt. % Sn supported on y-Al,0; pellets, which was
maintained fixed for the various platinum distributions shown
in Figures 2a to 2d. In these figure the platinum distribu-
tions, after the reduction step, are clearly seen as dark bands
with the active layer locations and thicknesses shown in Table
1. In all cases, tin was distributed uniformly within the pel-
lets. This was confirmed by EDXS analysis, where a 120-pum
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Figure 8. EDXS measurements of the Sn /Al and Pt /Al
count ratios, at different radial positions within
the narrow surface-step platinum catalyst pel-
let with 1.10 wt. % Pt and 1.34 wt. % Sn.

X120-um area was scanned at different radial positions
within the 3-mm y-Al,0, support. Figure 8 shows the results
of the EDXS scans, indicated as Sn/Al and Pt/Al count
ratios, on a pellet with a narrow surface-step platinum distri-
bution. It is clearly seen that tin is relatively uniform
throughout the support, while platinum, as observed in Fig-
ure 2a, is concentrated near the surface of the pellet.

Catalyst characterization

Although the overall platinum loading was fixed at 1.10 wt.
%, local platinum loadings within the steps varied from 2.7
wt. % (wide surface-step) to 11.1 wt. % (narrow subsurface-
step). To evaluate the effect of platinum loading on the
accessible platinum atoms and dispersion, hydrogen chemi-
sorption experiments were conducted using y-Al,O; pow-
ders impregnated with platinum ranging from 0.1 wt. % to
6.5 wt. %. In Figure 9a, we can see that up to a loading of
~ 3.0 wt. % Pt, there is an approximately linear increase in
surface platinum atoms, with dispersions in the range of 60%
to 80% (Figure 9b). For higher loadings, the accessible plat-
inum atoms remain essentially constant, with gradually de-
creasing dispersions to near 30%. A similar trend was ob-
served by Dorling et al. (1970) for the Pt/SiO, system (see
also Baratti et al., 1993). In Figure 9a, Eq. 7 was used to
represent the experimental data up to 3.5 wt. % Pt loading,
where the values for parts 9a and 9b were 2.14 X 10% m2Ag
Pt) and 12.8 g-catal Ag Pt), respectively. For loadings beyond
3.5 wt. % Pt, the Pt surface area was kept at a constant value
of 4.8 m?/(g-catal).

Since the distribution of Sn was essentially uniform and
the overall Sn:Pt atomic ratio was maintained fixed at 2:1,
the Sn:Pt ratios within the steps varied between 0.2:1 (nar-
row surface-step) and 0.5:1 (wide surface-step). Hydrogen
chemisorption experiments were conducted on a 1.17 wt. %
Pt/y-Al,O; catalyst powder for varying Sn:Pt atomic ratios
(Merlen et al., 1996). As seen in Figures 10a and 10b, adding
tin up to 1.36 wt. % resulted in no significant change in the
accessible platinum atoms or dispersion ( ~ 80%).

The results of the hydrogen chemisorption measurements
are shown in Table 1. The pellets were crushed to powder

2067



10 v T T T Y T

3 (a]
5 8 :
& |
E 6 .
§ ]
< 4 4
3
&
5 2 4
7]
£ 1
0 . ! — H P 1 s
0 2 4 6 8
Catalyst Loading ( %wt Pt/g-catal)
100 , - . ; - ; @
80 ° .
§ r ¢ [ 1] * L]
S ]
§ b ® 4
é’; 40 - . =
A .
20 .
O “ 1 - i . b N
0 2 4 6 8

Pt Loading ( %wt Pt/g-catal)
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prior to measurements, and the resulting dispersions were in
the range of ~ 35% (deep subsurface-step) to ~ 65% (nar-
row surface-step). As discussed earlier, addition of tin did
not significantly alter platinum dispersion.

Intrinsic kinetics

To minimize intraparticle diffusional resistance, intrinsic
kinetic experiments were conducted on catalyst powder with
1.10 wt. % Pt and 1.36 wt. % Sn supported on y-Al,O;. The
following rate expression was used to fit the data for ethane
dehydrogenation (Champagnie et al., 1992; Gobina et al,
1995):

R(p;) = k{pcmﬁ _ I’C_Hﬁ] a8)
2 Keq
The kinetic rate constant, £, is given by
k=k £ 19
SRR\ TROT)
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% Pt/vy-AlL,O, powder, on (a) the accessible
platinum surface area, and (b) the platinum
dispersion.

where k,=4.23X10"* mol/Acm?-atm-s) and the activation
energy (E = 18.2 kcal/mol) were found to fit the rate data.
The E value was comparable to 20.6 and 18.1 kcal/mol re-
ported by Champagnie et al. (1992) and Gobina et al. (1995),
respectively.

Packed-bed membrane reactor

For the PBMR studies, the effects of nonuniform catalyst
distribution involving various widths and catalyst locations
were investigated both experimentally and theoretically. In
these experiments, the comparisons were made by maintain-
ing a constant overall metal loading. Experiments were also
conducted to evaluate the effects of membrane thickness, feed
composition, and sweep ratio. For all the PBMR and FBR
experiments, the dehydrogenation selectivity toward ethylene
was always greater than 95% (generally 98-99%), with car-
bon balances closing typically to within 2%, without ever ex-
ceeding 5%.

The Effects of Nonuniform Catalyst Distribution. The ef-
fects of residence time and temperature on reactor conver-
sion are shown for varying active layer widths (Figures 1la
and 11b) and platinum step locations (Figures 12a and 12b).
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The symbols and lines are the experimental data and the
model results, respectively. © and : narrow surface-
step; @ and — - —: wide surface-step; v and ------ . fixed-
bed reactor with narrow surface-step.

The results of numerical calculations, using Eqs. 11-19, are
also shown in these figures, where the effect of varying active
surface areas as a function of different catalyst distributions
is accounted for by incorporating Eq. 7 into the model (see
Eq. 12). The experimental and calculated FBR results using
the narrow surface-step catalyst are also included for com-
parison. The FBR conversions were within 5% of the equilib-
rium values, calculated based on the fresh feed introduced
on the tube side of the membrane.

In Figure 11, both the narrow and wide surface-step cata-
lysts exhibit conversions that exceed the FBR performance by
nearly 80%. Also, the narrow surface-step catalysts yield con-
versions that are only slightly higher than for the wide sur-
face-step. The relative closeness of results for the two cases
can be explained by examining the values of the Thiele mod-
ulus, qS,,, which vary from 10.2 to 14.9 in the operating tem-
perature range of 500°C to 550°C. These values indicate high
reaction rates and consequent strong intrapellet diffusional
resistance, so that the two surface-step distributions yield es-
sentially the same reactor performance.
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subsurface-step platinum distributions.
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model results, respectively. © and ——: narrow surface-
step; O and — —: near surface-step; A and ---: deep
subsurface-step; v and ----- : fixed-bed reactor with nar-

row surface-step.

In Figure 12, the narrow surface-step catalyst is compared,
both experimentally and numerically, to the near surface-
step and the deep subsurface-step platinum distributions. By
comparing Figures 11 and 12, we can see that the ethane
conversion values are more significantly influenced by the ac-
tive-layer location, than by the thickness near the surface. In
fact, the performance of the subsurface catalyst in a PBMR is
inferior to that for the narrow surface-step catalyst in a FBR.
The decrease in reactor performance arises as a result of the
strong diffusional resistance in the inert region, before the
reactant contacts the active sites within the catalyst pellets.
Since dehydrogenation of ethane is a positive-order reaction,
where the rate increases with increasing reactant concentra-
tion, decreasing reaction rates are obtained as a consequence
of the reactant concentration gradient. By placing the active
layer as a narrow-step near the pellet surface, intrapellet dif-
fusion limitations are minimized leading to a higher reaction
rate.

It is worth noting that the numerical results in Figures 11
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and 12 were obtained without the use of any adjustable pa-
rameters. Using the intrinsic reaction kinetics and diffusion
coefficients determined from separate experiments, the model
yielded good agreement with experimental data in most cases.
The slightly lower predictions for the two subsurface distribu-
tions arise because of residual platinum present in the outer
largely inert region (see also Figures 2¢ and 2d).

Effect of Membrane Thickness. The effect of membrane
thickness on reactor performance was examined by compar-
ing the slip-cast-modified composite alumina ( ~ 17 pm thick)
and porous Vycor (~ 1.2 mm thick) membranes (Figure 13).
The catalyst with the narrow surface-step distribution was
used for these experiments. The catalytic activity of both alu-
mina and porous Vycor membranes was examined at reaction
conditions up to a temperature of 550°C, and both mem-
branes were found to be inert. Although not shown in Figure
13, the reaction experiments were also attempted using the
original Membralox membrane (~ 2 pm thickness). Due to
high permeation rates, however, the pressure conditions could
not be sustained at the residence times investigated. Also, as
a consequence of high permeation flux, significant reactant
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loss resulted in insufficient contact of the reactant gas with
catalyst pellets, yielding subequilibrium conversion values.

As the membrane thickness is increased, the rate of
reactant loss decreases, resulting in higher catalyst contact
times. Further increase in membrane thickness, however, may
decrease permeation rates to the extent that the effect of
hydrogen separation on conversion enhancement is lost. Thus,
upon addition of the ~ 15-um y-alumina layer to the original
Membralox membrane, the reactant loss was significantly re-
duced, resulting in a higher catalyst contact time. However,
the flux was still sufficiently high to result in effective hydro-
gen separation effect, to enhance reactor conversions to about
80% beyond the corresponding equilibrium values (see Fig-
ure 13). For the porous Vycor, the permeation thickness was
~1.2 mm, and as a result gas permeation rates were much
lower as compared to the ~ 17-um alumina membrane (mea-
sured to be ~ 170 times smaller). As a consequence of the
low gas-permeation rates, the porous Vycor PBMR behaved
essentially as a FBR (see Figure 13).

Effect of Feed Composition and Sweep Ratio. In Figure 14,
the effect of residence time is studied for different feed com-
positions. As the ethane fraction in the feed increases, the
overall conversion as well as the equilibrium conversion val-
ues decrease. Since the number of active sites is fixed, an
increase in ethane concentration decreases the ratio of active
sites to reactants, leading to a smaller reactant fraction con-
verted to products.

For a constant feed flow rate, the effect of varying the ar-
gon sweep gas flow rate on the permeate side is shown in
Figure 15. As the sweep ratio is increased, ethane conversion
increases. This is expected because as argon flow increases,
hydrogen is swept away at a faster rate, resulting in a larger
hydrogen concentration gradient between the feed and per-
meate sides of the membrane. This results in increased hy-
drogen flux, leading to higher conversion enhancements.

Concluding Remarks

In this study, using dehydrogenation of ethane as an
example, we have shown that improvements in PBMR per-
formance can be obtained by proper catalyst design. A math-
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Figure 14. Effect of residence time, W,,./Qf on the
conversion of ethane in the PBMR for vary-
ing feed concentrations, using the narrow
surface-step platinum catalyst.
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ematical model was developed to examine the effect of
nonuniform catalyst distributions. With the intrinsic reaction
kinetics and diffusivities determined from separate experi-
ments, the results of the model were found to be in good
agreement with the experiments. The effect of membrane
permeation on PBMR performance was also evaluated, using
membranes with similar pore size but different thicknesses.

Bimetallic Pt-Sn/y-Al,O, catalyst, containing 1.10 wt. %
Pt with 1.36 wt. 9% Sn was found to yield the highest activity,
selectivity, and stability toward the dehydrogenation of ethane
to ethylene. While maintaining a spatially uniform tin profile,
catalysts with nonuniform platinum distributions were pre-
pared for constant Pt and Sn loadings. For this positive-order
isothermal reaction, it was shown that optimum PBMR
performance is obtained when intrapellet mass-transfer re-
sistance is minimized by concentrating the active layer as
a narrow surface-step. Using such catalyst distributions, con-
versions nearly 80% above FBR values were obtained. Since
the reactor model has been tested successfully in the present
work, it can be utilized confidently to evaluate, and hence
optimize, catalyst distributions for other cases involving arbi-
trary reaction kinetics.

The effect of membrane permeation on PBMR perform-
ance was also examined by comparing the original alumina
(~2-um membrane thickness), slip-cast-modified alumina
(~17-um membrane thickness), and the porous Vycor
(~1.2-mm membrane thickness) membranes. For small
thickness ( ~ 2 um), the loss of reactant due to high perme-
ation rate results in insufficient contact with the catalyst,
leading to poor reactor performance. At the other extreme,
for thick membranes (Vycor) the permeation rate is so low
that the effect of hydrogen separation does not enhance reac-
tor performance. Hence, the membrane thickness should be
chosen such that the reactant loss is minimized, while main-
taining a sufficiently high flux of the reaction components, to
take full advantage of the enhancement gained by the separa-
tion effect of the membrane.
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Notation

b =constant in Eq. 7, g (catalyst support)/g (active component)
D, =diffusivity of the ith component, cm?/s
K, =equilibrium constant, atm
K., =dimensionless equilibrium constant, K /P, ;.
=membrane length, cm
MW, =molecular weight of component {
p; =partial pressure of the ith component, atm
P =total pressure, atm
P, =ratio of permeate to feed-side pressure, Perm/Prupe
Q =molar flow rate, mol/s
r =radial position, cm
Tpore =Mmembrane or pellet pore radius, cm
R =radius, cm
R =universal gas constant
s =dimensionless membrane radius
T =operating temperature, K
u; =dimensionless partial pressure of the ith component in the
membrane
V, =pellet volume, cm®
V., =catalyst volume, cm
w =dimensionless pellet radius
W, =weight of catalyst pellets, g
a =diffusivity ratio
Bperm =sweep ratio
A =width of step distribution
€ =void fraction on the feed side of PBMR
¢ =dimensionless space time within the packed bed
# =dimensionless space time within membrane
¢, =dimensionless partial pressure of the i/th component in the
pellets

3

Subscripts and superscript

¢ =center of step distribution
cat =catalyst
m =membrane
p=pellet
o =inlet conditions
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